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A bubbling counter-current multistage fluidized bed reactor for the sorption of carbon dioxide (CO;) by
hydrated lime particles was simulated employing a two-phase model, with the bubble phase assumed
to be in plug flow, and the emulsion phase in plug flow and perfectly mixed flow conditions. To meet
prescribed permissible limit to emit carbon dioxide from industrial flue gases, dry scrubbing of CO,
was realized. For the evaluation, a pilot plant was built, on which also the removal efficiency of CO,
was verified at different solids flow rates. The model results were compared with experimental data in
terms of percentage removal efficiency of carbon dioxide. The comparison showed that the EGPF model
agreed well with the experimental data satisfactorily. The removal efficiency was observed to be mainly

co, influenced by flow rates of adsorbent and CO, concentration.
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1. Introduction

Carbon dioxide in flue gas generated as a result of combustion
of fossil fuel in, e.g., thermal power plants, etc., is the main cause
of global environmental problems such as climate change. Many
countries have therefore adopted stringent CO, emission standard
for industries. The CO, emitting plants other than coal-fired ther-
mal power plants comply with prescribed emission standard by wet
processes resulting in generation of liquid effluent, which create
more problems to handle with and dispose of. Since many inherent
problems are associated with wet processes, the dry processes are
now promoted to control the gaseous pollutants throughout the
world. However, all the dry process techniques are mostly used in
fixed bed or in single stage fluidized bed reactor at high tempera-
ture, which is not suitable for removal of carbon dioxide from flue
gas in the industries. Thus the dry process to control CO, at lower
temperature is the need of the day and the equipment to be selected
for the control of carbon dioxide must have a very high efficiency of
collection. Literature suggests that the fluidized bed reactor oper-
ating at various regimes can be used as possible equipment for
removal of carbon dioxide at high temperature. But, at low tem-
perature the efficiency of these reactors is very low besides other
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limitations. The limitations of a single stage continuous fluidized
bed reactor can be avoided by the use of multistage continuous flu-
idized bed reactor due to its staging effects which, in turn, enhances
separation efficiency. The gas-solid mass-transfer resistance in the
fluidized bed reactor is so small that it can be neglected, and excel-
lent temperature control is also achievable because of the vigorous
mixing of solid particles in the bed [1]. This reactor has also the
characteristics of low reaction temperature and sufficient reaction
time, compared with the other reactor. In this paper a two-phase
model has been developed for sorption of carbon dioxide on cal-
cium hydroxide particles in a multistage fluidized bed reactor and
simulation results are compared with experimental data.

2. Mathematical model

For normal operating velocities (3-8 times upy) the fluidized bed
reactor can be approximated as a bubbling bed [2-3]. Bubbling flu-
idized beds have extensively been studied and variety of models
of varying degree of complexity has been proposed in the litera-
ture [3-8]. Generally, for modeling of fluidized bed reactor either a
two-phase model comprising of emulsion and bubble phases [3-7]
or a three phase model comprising of an additional cloud phase
is considered [8]. For Geldart B type particles, at higher values of
ug/uyyratio, the presence of cloud phase can be considered negligi-
ble [9]. The two phase model was used successfully applied for the
drying of moist air by alumina particles in a counter-flow multi-
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Nomenclature

A area of the reactor (m?)

Cp carbon dioxide concentration of bubbles (mol/m3)

Cpi carbon dioxide concentration of bubbles in ith stage
(mol/m3)

G carbon dioxide concentration of gas leaving the ith
stage (mol/m3)

Cisq carbon dioxide concentration of gas entering the ith
stage (mol/m3)

Cin carbon dioxide concentration of gas at the inlet
(mol/m3 or ppm)

Cout carbon dioxide concentration of exit gas (mol/m3 or
ppm)

(@ carbon dioxide concentration of emulsion phase
(mol/m3)

GCpi carbon dioxide concentration of emulsion phase in
ith stage (mol/m3)

Cr calcium hydroxide concentration of emulsion phase
(mol/m3)

Cri calcium hydroxide concentration of emulsion phase

in ith stage (mol/m3)

Cry calcium hydroxide concentration of emulsion phase
entering (mol/m3)

dp particle diameter (m)

F fractional free area of distributor (%)

Ga mass velocity of air (kg/m?s)

Gs mass velocity of solids (kg/m? s)

g acceleration due to gravity (m/s?2)

H height of bed (m)

hy height of the weir (m)

kq reaction rate constant (m3/mol s)

mq,my constants

Np number of bubbles per unit bed volume (1/m3)

Q inter-phase mass transfer flux (m3/s)

r average rate of CO, removal (mol/m?3 s)

Ug superficial velocity of air (m/s)

Us superficial velocity of solids (m/s)

vy volume of bubble (m3)

z height in the bed (m)

Greek symbols

Og density of air (kg/m?3)

Os density of solids (kg/m3)

Emf bed voidage at minimum fluidization (-)

(1—¢) fractional solids concentration (-)

B fraction of gas flow associated with bubble phase (-)

7co, CO, removal efficiency (%)

¢ solids mean residence time (s)

Subscripts

alg air/gas

b bubbles

i ith stage of column

i+1 (i+1)th stage of column

mf minimum fluidization

p particle

S solids

e experimental

c calculated

stage fluidized bed reactor [10]. Therefore, it was decided to derive
a model for the hydrodynamic behavior of gas for MFBR based on
the assumptions with little modification [11]. The details of this
model can be found elsewhere [12].

The mixing in a fluidized bed reactor is difficult to characterize,
and in the literature both the phases (i.e., the emulsion and the bub-
bles) have been modeled either as a plug flow or perfectly mixed.
The assumption of plug flow for the bubble phase is usually valid;
however, it is not clear at all whether the emulsion phase should be
modeled as being perfectly mixed or in plug flow. Literature sug-
gests that the multistage fluidized bed reactor behave as a plug flow
reactor. However, in the present study both flow regimes (plug and
perfectly mixed) were considered for the emulsion phase together
with plug flow regime for the bubble phase.

2.1. Kinetics

At low temperature, the primary reaction that has been tra-
ditionally proposed in the flue gas decarbonization process is as
follows;

Cao(s) + CO,(g) = CaCOs(s) (M

Rate constant has been expressed according to Arrehenius’ law:

E
ki = Ag exp (_ﬁ> (2)

where the activation energy of reaction is 38 kJ/mol, and for the
pre-exponential factor we have Ay =2.814m3/mols [13]

2.2. Model development

The assumptions made in developing the model for MFBR are
summarized below:

1. The total bed consists of two phases (i) Solid-free bubble phase
(ii) Solid-rich emulsion phase;

2. All gas in excess of that required for minimum fluidization passes
through the bed as bubbles;

3. The bubble phase does not contain any solids;

4. The bubble phase is in plug flow and gas in bubbles is perfectly
mixed;

5. The bubbles are spherical, of constant size and evenly distributed
in the bed at any time;

6. As bubbles rise, bubbles exchange gas with rest of bed (emulsion
phase). The inter-phase mass transfer results from two indepen-
dent mechanism; bulk flow of gas and diffusion;

7. The mass transfer resistances between the particles and the
dense phase gas are neglected;

8. The solid particles are perfectly mixed in emulsion phase (the
emulsion phase is perfectly mixed), but gas in emulsion phase is
considered (i) emulsion gas perfectly mixed (EGPM) model (ii)
emulsion gas in plug flow (EGPF) model;

Additional assumptions;

. Constant mean particle size is assumed through out bed;

. Emulsion of solids at top of bed is neglected;

. All the stages operate under same conditions of fluidization;

. Holdup of solids is same on each stage;

. All the particles entering first stage present the same concentra-
tion in active species;

N WN =

So the assumptions lead in fact to two distinct models; (i) EGPF
model (ii) EGPM model. Figs. 1 and 2 are the schematic of both the
models.
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Fig. 1. Schematic of EGPF model.

2.3. Equations of the model

2.3.1. Mass balance at the exit
The mass balance for the reactant gas at the exit is

UG = g Cpi + (U — Upyp )Cpi(H) 3)

Rearranging the terms, the concentration of gas leaving the ith
stage,

Ci = BCpi(H) 4+ (1 = B)Cyi (4)

t

where f is the fraction of gas flow associated to the bubble phase,
e B=1—(umslu).

2.3.2. Mass balance of carbon dioxide in bubble phase

The mass balance on carbon dioxide through the bubble phase
of the ith stage is independent of the assumption relative to the
behavior of gas in emulsion phase. Consider an element of thick-
ness dz, at a height of zin bed, containing N-dz bubbles. The material
balance is written for a unit horizontal cross sectional area by con-
sidering total bed height H. Combining the inlet and outlet terms
and rearranging, it gives
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Fig. 2. Schematic of EGPM model.



116 C.R. Mohanty, B.C. Meikap / Journal of Hazardous Materials 187 (2011) 113-121

Rate of change of reactant concentration =Loss of reactant by
exchange

dCy;
NpQ(Cpi — dCpi) = NpVputy dzm (5)
dCpy; [ Vpu
S (42) .

2.3.3. Emulsion phase

2.3.3.1. EGPM model. The material balance is written for unit hor-
izontal cross sectional area by considering total bed height H.
Combining inlet and outlet terms;

H H H
/ NpQC; dz + Uy Cipq = umfc,,i+q,i/ N,,de+?/ (1-NV,)dz (7)
0 0 0

where the CO; concentration in the emulsion phase, Cp;, is indepen-
dent of height z. H is the height of expanded bed assumed equal to
height of the down comer over the distributor and 7 is the average
rate of disappearance of CO, in the entire emulsion phase.

2.3.3.2. EGPF model. Let us now consider that the gas is in plug
flow through the emulsion phase with all same assumptions. The
material balance over a unit cross-sectional area of dense phase
considering an infinitesimal height dz;

umepi + NbQCbi dz = lef(cpi —+ dei) —+ NbQCpi dz —+ Ti(l — NbV)dZ
(8)

Rearranging the term, we get
dcy;
Umfﬁ + NbQ(Cpi - Gi)+ K Cpi(] —NpV)dz =0 )

where the CO, concentration in the emulsion phase, C;;, and 7 are
functions of z.

2.3.4. Mass balance on the sorbent particles
At any time over the ith stage, the disappearance rate of calcium
oxide (R) according to the rate kinetics can be written as:

Cki
ot

= —k1 CiCp; (10)

2.3.4.1. EGPM model. The calcium hydroxide concentration is
Cri = Cri, exp(—k1CyiT;) (11)

where T; is mean residence time of solids in each stage.
Which can be expressed as the function of initial concentration
of sorbent, Cg, of the particles entering the first stage of the reactor:

CRi:CRoexp(—klZij?j) for j=1 to i (12)

2.3.4.2. EGPFmodel. The carbon dioxide concentration of gas varies
throughout the emulsion phase, but the solid particles which are
perfectly mixed, have at any time, an equal probability of contacting
an element of gas volume, whose concentration Cp; lies between
Ci+1 and Cp;(H). Therefore, it can be accepted that considering all
the particles, the carbon dioxide concentration of gas is CTJ,- which
is defined by the equation

— 1 H
Cp,:ﬁ/o Cpidz (13)

2.3.5. Carbon dioxide concentration in the exit gas stream from
ith stage
The rate of CO, disappearance in ith stage can be expressed as

ri = (k1 Cri)Cpi (14)

The term in the bracket remains constant over the entire emulsion
phase so that the reaction rate can be considered as first order, i.e.

ri = (k1 Cri)Cpi = kCp; (15)
2.3.6. Analytical solution of model equation

2.3.6.1. Bubble phase. Integrating the Eq. (6) from O to H with
boundary condition at z=0, Cp; = Cj+1 and z=H, Cp; = Cp;(H)

H H
dCpi / ( Q )
_— = —— ) dz 16
/0 Gi—Coi  Jo \Vblp (16)
Cpi(2) = Cpi + (Ciyq — Cpy)e /Yo (17)

Cpi(H) = Cpi + (Cipq — Cpi)e ™ (18)

where X=(QH/u,V}p) indicates the number of times a bubble is
purged as it rises through the bed or number of times the gas
within the bubble is exchanged with the particulate phase during
the passage through the bed.

2.3.6.2. EGPM model. Rearranging the terms of the Eq. (7) and sim-
plifying, the equation is;

H H
Uy (Cir — Gpi) = NbQ/ (Gpi — Cpiddz + F/ (1-NVp)dz  (19)
0 0

Eliminating C,; from RHS of the Eq. (19), the equation is

H H
umf(C,-+1 — Cp,') = Nbubvb/ dcb,' + 7/ (1- NVb)dZ (20)
0 0
Integrating the Eq. (20) from O to H with boundary condition atz=0,
Cbi = C,‘+1 and z= H, Cbi = Cb,'(H)
Umf(Cip1 — Gpi) = NpupVp{Cpi(H) — Cipq} + kCpi(1 — NV, )H (21)
Putting the value of C;(H) in the Eq. (21) and rearranging, we get

Cip1(1 = Be™)
1— Be=X + (KHpy /u)

Cpi(H) = Cpi + (Ciq — Ci)e ™ (23)

(22)

Cpi =

Putting the above values of Cp; and Cp,;(H) in the Eq. (4), it gives the
CO, exit concentration from ith stage for the model.

2.3.6.3. EGPFmodel. Eliminating C,; fromthe Eq.(9)and expressing
the equation in terms of Cp;,

d2Cyi  Ump{1+(d/dz)(upVs/Q)} + NpupViy + Ki(1 — Np Vi )(up Vi /Q) dCy;
—_— + —_
dz? leVblef/Q dz

Ki(1 = NpVp)

Chi=0 24
upVplms /Q b (24)

Let us assume
0 Ums{1 4 (d/dz)(upVy/Q)} + NpupVp + K1 (1 — NpVp )1V /Q)
up Ve /Q

(25)
and
_ Ki(1 = NypVp)
up Ve /Q
Now the Eq. (24)is (d2Cp;/dz2) + a(dCy;/dz) + bCp; = 0 is a second order

differential equation with respect to Cp;. Now the equation can be
written as

(D? + aD + b)Cp; = 0 (27)

(26)

The auxiliary equation is

m?+am+b=0 (28)
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Table 1

Hydrodynamic and transport property correlations.
Parameter Correlation Reference
Bubble diameter Dy(Z) = Dymax — (Dpmax — Dy, )exp (%) [13]
Bubble velocity Up =Up — Ups+ Upy [13]
Bubble rise velocity up,=0.711(gDy )% [13]
Emulsion phase volumetric flow rate Qe =UmA [13]
Bubble phase volumetric flow rate Qp=(u—ump)A [13]
Height of bed at rest Hyp = H(1 = NpVy) = H (1 - ) [13]

0.25
Interphase mass transfer Q= L%umf +0.975D%> (D%) } 7D} [13]
Number of bubbles per unit bed volume Ny = \;:sz [13]
)

Bubble volume Vy = ”—g" [13]
Diameter of reactor Dr=0.1m
Diffusivity of gaseous reactant Dy(T)=8.0 x 102677 [13]

Since this is a quadratic equation, the characteristic roots of the
equation are m; and m;, then complementary functions of the
equation

Cbi =C em? Czemzz (29)

The above equation can be solved by following boundary equations;

d Cbi

At z=0, Cbi: i+1 and dz =0

At z=H, Gy =Cy(H)

Differentiating the Eq. (29), we get

i _ c1mie™? + cymye™? (30)
dz

At z=0, the equation becomes,

Cbl' ==+ and cymq+cymy; =0 (31)

At z=H, the equation is

Cpi(H) = cie™H 4 cyem2H (32)

Solving the Eqgs. (31) and (32), we get

-myCiq

= 27l 33

“ mp —mp ( )
mq Ci+1

= it 4

@ mq —mp (3 )

Putting the value of cq, ¢, in the Eq. (32), the equation becomes

C:
Coi(H) = = =my el — maei (35)

Putting the value of Cy; in the Eq. (18), we get

Ciit H
Cpi = (71111 ljmz) [m“ (l + sz) exp(myH)
H
—-my (1 + le) exp(m1H)} (36)
Putting the values and solving a and b, these become,
X+K
Q= ——— 37
- pH G7
K.X
b=—7"— 38
(- P G8)
where K; is the number of reaction unit in emulsion phase
H,
K; = 1<CRiT’"f (39)

Putting the values of a and b in the auxiliary Eq. (28), the equation
becomes

H(1 = B)m? — (X + K)m + % =0 (40)

Then the roots of the equation are

1 X+K 1 X+K \? XK
(#i-m) _4H2(1ﬁ)} “n

mlorZZEH(.l_ﬂ) 3

For ith stage

1 X+K 1 X+K \? XK;
Myjor2i = 2H(1—ﬂ)i2 |:(H(1_,B)) 4H2(1—,3) (42)
Ghi(H) = ﬁmh@mz’ﬂ — mye™it! (43)
1 1
Ciiq H
o = (i) [ (14 5mn ) explmaik)
H
—Mmy; (1 + Ym”) eXp(mliH)} (44)

Mean concentration of emulsion gas is given by

Gi = g7 (ot ) [l 1+ gmar) exptmy) — 1

H \my; —my; ) Lmy; X
mMy; H
2 (1 m) LexpmyiH) - 1] (45)

Putting the above values of Cp; and Cp,;(H) in the Eq. (4), it gives the
CO,, exit concentration from ith stage for the model.

2.4. Estimation of hydrodynamic parameters

In order to solve the set of equations, it is necessary to relate
several parameters appearing in these equations, including the
bubble volume fraction, the bubble size, the inter-phase mass and
heat transfer coefficients, to the design and operating parameters.
Correct evaluation of these parameters is crucial for the accurate
simulation of the operation of an industrial fluidized bed reactor.
Several empirical correlations have been proposed for estimating
these parameters. For the purpose of this study, an illustrative
set was chosen. This set of hydrodynamic correlations is given in
Table 1.

3. Experimental technique and procedure

Fig. 3 is the schematic of the multi-stage fluidized bed reactor
developed and used in this study. The configuration of this staged
gas-solid fluidized bed reactor is similar to that of the sieve trays
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1.Air compressor
2.Air cylinder

8 3.Adsorbent reservoir
4 Distributor

5. Manometers

6 6.Cyclone separator
7.Hopper

8.Screw feeder
9.Fluidized bed
10.Down comer

11. CO ycylinder
12.Rotameter for air
13.Rotameter for CO 5
14.Air-jet ejector
15.Sample collector

Fig. 3. Schematic diagram of the experimental set-up of a three-stage gas-solid fluidized bed reactor.

distillation column. The reactor consisted of a three stage fluidiza-
tion column having provision of solid and air feeding from the top
and bottom, respectively, along with other auxiliary equipments
used for experimentation. Each stage of the column was made up
of Perspex cylinder of 0.10 m internal diameter and 0.305 m long.
The stainless steel plates were used as internal baffles sandwiched
between the flanges of two stages and each plate was drilled with
perforations having 8.56% total grid openings [14]. The grid plates
were fixed with fine wire mesh (100 mesh size) to prevent weeping
of the solid particles through the openings. Each section was pro-
vided with a downcomer of Perspex cylinder of 0.025 m internal
diameter and the downcomers were fitted to the gas distributor
by special threading arrangement having the provision for adjust-
ing the weir height as desired. The downcomers were further fitted
with a cone at the exit end in order to reduce the up flow of the
gas through the downcomer and consequently, widening the sta-
ble operating range. Pressure tapings were provided just below the
grid plate and the near the air out let and was provided with weir
mesh filter to prevent any solid particle from the entering the tap-
ings. Four manometers were provided to measure the pressure drop
at every stage as well as the total pressure drop.

In order to generate synthetic air-CO, mixture, in composi-
tion similar to that of the exhaust of carbonic acid plants, cupper
smelters was made by mixing compressed air from an air compres-
sor and CO; gas from an CO, cylinder. Provision was made to feed
the air-CO, mixture at the base of the fluidized bed reactor. The
air-CO, mixture was generated by mixing air and CO, in an air-jet

ejector assembly. Compressed air from the compressor was used
as the motive fluid in the ejector to aspirate and thoroughly mix
air with CO, from the CO, gas cylinder. The ejector was mounted
with a downward slope of 30° with an air nozzle perfectly aligned
along the axis of the ejector throat to ensure an axially symmetri-
cal jet. The air nozzle was fixed at a projection ratio (which is the
ratio of the distance between the nozzle tip and the beginning of

-Sudeshna2003092

Voltage (mV)

60 r T v T - T - T -
0 2 4 6 8 10
Time (min.)

Fig. 4. Calibration curve for pure CO,.
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Table 2
Characteristics of hydrated lime.
Adsorbent Characteristic Value
Hydrated lime Average particle diameter (pm) 426
Density (kg/m?) 2040
Minimum fluidization velocity (m/s) 0.112
Specific area of unreacted sorbent (m?2/g) 15
Average pore diameter (A) 98.4
Pore volume (cm?/g) 1.213

the parallel throat to the throat diameter), of 3.78, which was deter-
mined experimentally for obtaining the highest possible mass ratio
of aspirated gas. Compressed air at the desired pressure and flow
rate was forced through the air nozzle and regulated by a valve.

75
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Simultaneously the CO, was routed at a controlled rate through CO,
gas regulator and into the ejector. The air-CO, gas mixed intensely
in the mixing throat of the ejector and the mixture was fed into
pre-distributor fitted at the bottom of the column. Pre-calibrated
rotameter were used to measure the gas flow rate.

Table 3
Chemical composition of hydrated lime.

Compound Weight (%)
Ca0 25.0
Ca(OH), 64.4
CaCOs 4.76
MgO 322
Impurities 2.62
60
G 6 =0.265 m/s
G, =2.0kg/hr
55 =
- h,, =0.04m
<
g Symbol
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Fig. 6. Effect of inlet CO, concentration on percentage removal efficiency of CO, at hy, =0.04 m.
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A conical hopper was attached at the bottom of column for
storage of solids coming out from the bottom stage through the
downcomer. The gas leaving the column from the top stage was
passed through a standard cyclone and then into the exhaust sys-
tem.

The solids from the screw feeder were fed to the first stage
downcomer of the reactor. Necessary precautions were made to
ensure that no air from outside intruded into the column during
operation.

Tables 2 and 3 show the physical and chemical characteristic
of hydrated lime considered for the study. The gas velocity was
set at 0.265m/s (31.2 x 10-2kg/m?2 s). The solid flow rates were
2kg/h (71.0 x 10-3 kg/m? s) and 4 kg/h (141.5 x 1073 kg/m?2 s). The
weir height of the down-comer was kept at 40 mm and 60 mm and
the gap between the down-comer bottom and the grid plate were
kept 20 mm and 30 mm, respectively. For each gas velocity the inlet
CO; concentration was varied between 500 ppm to 1500 ppm. The
experiments were carried out at a pressure of 1atm and at room
temperature. The percentage removal of CO, has been calculated
for each experimental run by the formula given below:

COZ,inlet - COZ,outlet

= x 100 46
flco, COZ,inlet ( )
Similarly for ith stage,

Ci1—GC;
Nco, = %]' (47)
1+

where C; = outlet CO, concentration in the gas; C;, =inlet CO, con-
centration in the gas.

In this study, the effects of the superficial gas velocity, superficial
solid velocity and weir height on the removal efficiency of CO, was
investigated.

3.1. Sampling and analysis

Prior to sampling of the gas, the reactor was operated for quite
some time until all the stages of the reactor were identical in their
operation and the pressure drops across each stage was almost
equal indicating steady and stable operation of the reactor. The
steady state condition in the reactor occurred when material inflow
into the system and outflow of bed material from the system were
found to be almost same. Samples at the inlet and outlet of the
column were drawn with the help of syringes, and these CO, gas
samples were analyzed in the gas chromatograph (GC). Fig. 4 rep-
resents the calibration curve obtained in GC for pure CO;. The
other samples were analyzed, and the areas under the curves were
compared. From that, the percentage of CO, in the samples was
calculated. The range of the concentration of CO, monitoring was
500-1500 ppm, and the accuracy was 10 ppm.

4. Results and discussion

The concentration of the gas stream exiting each stage has been
calculated by solving the equation of the models. The calcium
hydroxide concentration (Cg, ) of the sorbent particles entering the
reactor, expressed in moles of calcium hydroxide per unit volume
of solids, was determined by analysis. To solve the equations, a sim-
ulation program is developed in Matlab and based on the program
following result have been obtained and compared with experi-
mental values.

4.1. Effect of inlet concentration on carbon dioxide removal
efficiency

Fig. 5 represents the effect of different inlet carbon dioxide load-
ing on the percentage removal of CO; at a particular mass velocity

of gas (31.2 x 10-2 kg/m? s) and weir height 60 mm. For this set of
prediction, temperature was set to 310K. It may be observed that
the removal efficiency decreases as the inlet carbon dioxide con-
centration increases. The percentage removal of CO, is higher for
EGPF model compared to EGPM model. The percentage removal of
carbon dioxide is 68% for EGPF model and 65% for EGPM model for
500 ppm inlet concentration at 60 mm weir height and mass veloc-
ity of solids (141.5 x 10~3 kg/m? s). For same inlet concentration
and weir height, the percentage of carbon dioxide removal is 55%
for EGPF model and 53% for EGPM model at mass velocity of solids
(71.0 x 103 kg/m? s). It indicates that decreasing in the mass veloc-
ity of solids decreases the removal efficiency, as the probability of
collision between gas and solid particles decreases due to decrease
in solids holdup.

Fig. 6 represents the effect of inlet carbon dioxide concentration
on the percentage removal of CO, at a particular mass velocity of
gas31.2 x 10~2 kg/m? s and weir height 30 mm. Similar trends have
been emerged. The percentage removal of CO, is also higher for
EGPF model. The percentage removal efficiency of carbon dioxide
is 63% for EGPF model and 61% for EGPM model for 500 ppm inlet
concentration at mass velocity of solids (141.5 x 10~3 kg/m?2 s). The
percentage of carbon dioxide is 50% for EGPF model and 48% for
EGPM model for same inlet concentration and weir height at mass
velocity of solids (71.0 x 10-3 kg/m? s). It indicates that decreasing
in the weir height decreases the removal efficiency, as the solids
holdup in the bed decreases.

It may also be observed that a higher solid flow rate
(141.5x 103 kg/m?s) at a particular gas velocity has higher
carbon dioxide removal efficiency than lower solid flow rate
(71.0 x 10-3 kg/m? s) for both models.

5. Conclusions

A model based on assumption of Davison and Harrison with
little modification has been developed for simulating the opera-
tion of reactor. The assumption of plug flow of the gas percolating
through the emulsion phase leads to slightly better prediction than
the assumption of perfect mixing of the emulsion phase. Based on
prediction, it can be showed that with increase in mass velocity
of solids, and weir height increase carbon dioxide removal effi-
ciency. Maximum CO, was removed in first stage of the reactor.
Increase ininlet concentration of carbon dioxide decreased removal
efficiency.

Even though the some of conclusions are specific to the study,
the model could be considered general enough to be used for pre-
dicting the performance of a counter-current multistage fluidized
bed reactor for gas—solid treatment.
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